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The production of H, and CO by catalytic partial oxidation of CHy in air at atmospheric pressure
has been examined over Pt and Pt—Rh coated monoliths at residence times between 10~* and 1072
sec. With these short contact times, the direct oxidation reaction can be studied independent of
reforming reactions. We observe high conversions to H, and CO, which strongly suggests that the
primary surface reaction is methane pyrolysis, CH, — C + 4H, from which H, desorbs and C is
oxidized to CO. With room-temperature feeds using air, the optimal feed composition for H, and
CO occurs between 15 and 20% CH, with optimal selectivities of up to Sy~ 0.5 and S¢o ~ 0.95
at 80% conversion of the CH, at ~1100°C. Increasing the adiabatic reaction temperature by pre-
heating the reactant gases or by using O, instead of air improves Sy to as much as 0.7 for a Pt
catalyst and shifts the optimal feed composition toward the stoichiometric feed composition for H,
and CO production. By examining several catalyst configurations, including Pt-10% Rh woven
gauzes and Pt-coated ceramic foam and extruded monoliths, several reaction and reactor variables
in producing H, and CO have been examined. These experiments show that the selectivity is
improved by operating at higher gas and catalyst temperatures, by maintaining high rates of mass
transfer through the boundary layer at the catalyst surface, and by using catalysts with high
metal loadings. At flow rates high enough to minimize mass-transfer limitations, the gauze, foam
monoliths, and extruded monoliths all give similar selectivities and conversions, but with important

differences resulting from different catalyst geometries and thermal conductivities.

Press, Inc.

INTRODUCTION

Much recent research (/-5) has been de-
voted to converting methane to products
that are more easily transported and more
valuable. Such more valuable products in-
clude higher hydrocarbons and the partial
oxidation products of methane which are
formed by either direct routes such as oxida-
tive coupling reactions or indirect methods
via synthesis gas as an intermediate.

Typically, synthesis gas is produced from
methane by steam reforming:

CH, + H,0— CO + 3 H,,
AH = +49.2 kcal/mole. (1)

! This research was partially supported by DOE un-
der Grant DE-FGO02-88ER13878-A02.
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Energy is supplied to drive this endothermic
reaction by heating the reactor externally or
by adding oxygen to the feed to provide
the necessary energy by highly exothermic
combustion reactions. A typical steam re-
former operates at 15 to 30 atm and 850
to 900°C with an Ni/Al,O; catalyst and a
superficial contact time (based on the feed
gases at STP) of 0.5 to 1.5 sec (6), which
corresponds to a residence time of several
seconds. The CO/H, ratio of the reformer
product gases is often modified in a shift
reactor which utilizes the water—gas shift
reaction:

CO + H,0 < CO, + H,,
AH = —9.8kcal/mole. (2)

A high temperature water-gas shift reactor
(~400°C) typically uses an iron oxide/
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chromia catalyst, while a low-temperature
shift reactor (~200°C) uses a copper-based
catalyst. Both low- and high-temperature
shift reactors have superficial contact times
(based on the feed gases at STP) greater than
1 sec (7).

An alternate approach for producing syn-
thesis gas from methane is the direct oxida-
tion of CH,:

CH, + %Oz—>CO + 2 H,,
AH = —8.5kcal/mole. (3)

Whiile this reaction is exothermic, the oxida-
tion reactions which produce H,O from
methane are much more exothermic,

CH, + %oz—>c0 + 2 H,0,

AH = —124.1 kcal/mole, (4)
CH, + 20,— CO, + 2H,0
AH = —191.8 kcal/mole. (5)

Oxidation reactions are much faster than
reforming reactions, suggesting that a sin-
gle-stage process for syngas generation
would be a viable alternative to steam re-
forming.

The objective of the research described
here is to explore synthesis gas generation
by direct oxidation of CH,, reaction (3). A
reactor giving complete conversion to a 2/1
mixture of H, and CO would be the ideal
upstream process for the production of
CH,0H or for the Fischer—Tropsch pro-
cess. As discussed above, currently imple-
mented or proposed processes utilize a com-
bination of oxidation and reforming
reactions to generate synthesis gas from
CH, and O,. In this work, we seek a faster,
more efficient route of syngas generation in
which H, and CO are the primary products
of CH, oxidation. It is expected that this
may be difficult because the reactions
H, + 0,— H,0 and CO + 3 O, - CO, are
extremely fast (8-10), either heteroge-
neously or homogeneously, while CH, acti-
vation is quite slow except at high tempera-
tures.
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Most fundamental studies have dealt with
the CH, + O, reaction system in excess O,
and at lower temperatures (//-15). How-
ever, the topic of syngas by oxidation of
CH, has been considered recently from an
engineering perspective. One proposed di-
rect oxidation reactor (/) consists of cata-
lytic metals (Pt and Pd) supported by an
alumina washcoat on several cordierite ex-
truded monoliths about 1 m in diameter
which are stacked in series to give a total
reactor length of about 2 m. This reactor
requires residence times of ~0.04 sec to ob-
tain essentially complete conversion of
CH,.

Another proposed direct oxidation reac-
tor uses natural gas and air at atmospheric
pressure and 800 to 1000°C over an Ni/Al,O,
catalyst (2). This reactor operates adiabati-
cally, implementing an unsteady-state mode
of operation in which the flow direction is
periodically reversed to maintain high tem-
peratures. At the entrance to the reaction
zone, the combustion reactions (4) and (5)
occur, resulting in a peak temperature of
950°C. Downstream from this zone, steam
reforming and CO, reforming convert most
of the remaining CH, to syngas. Residence
times of about 0.25 sec are required to give
H, and CO selectivities of 75 to 85% and 75
t095%, respectively, with 85t0 97% conver-
sion of the methane feed.

This sequence of total oxidation reactions
followed by reforming reactions was also
used in experiments which examined the ox-
idation state and phase composition of the
Ni/ALO; catalyst as a function of axial posi-
tion in the catalyst bed (3). In these atmo-
spheric pressure experiments, the oxidation
of methane was studied at temperatures
between 450 and 900°C. Contact times of
about 0.1 sec were required to give equilib-
rium yields of H, and CO.

Experiments over mixed metal oxides of
ruthenium (¢) and over a variety of sup-
ported transition metals (5) also showed that
nearly equilibrium yields of H, and CO
could be obtained at temperatures above
~750°C. These authors also attributed the
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high H, and CO selectivities to a sequence
of total oxidation of a fraction of the initial
CH, followed by the reforming and shift re-
actions.

In this paper, we present results from a
methane direct oxidation reactor for resi-
dence times between 10~* and 10~ 2 sec. For
this work, methane oxidation (using air as
the oxygen source) was studied over Pt-10%
Rh gauze catalysts and Pt-coated (or Pt/Rh-
coated) foam and extruded monoliths at
atmospheric pressure, and the reactor was
operated autothermally rather than at ther-
mostatically controlled catalyst tempera-
tures. By comparing the steady-state perfor-
mance of these different catalysts at such
short contact times, the influence of several
key parameters on the direct oxidation of
methane to synthesis gas can be examined
independent of the slower reforming reac-
tions.

We note that it is quite difficult to measure
kinetics and selectivities of combustion re-
actions such as methane oxidation because
the reactions are so fast and exothermic.
Rates can only be measured versus tempera-
ture by lowering the pressure to <1 Torr
so that reaction heat does not control the
catalyst temperature. Reactions on wires,
foils, or single crystals then easily become
flux limited and have high conversions at
the shortest attainable residence times for
complete mixing (>1 sec). While rates have
been obtained under these conditions (/7),
their extrapolation to atmosphere pressure
is of dubious relevance. In addition, mass-
transfer limitations, which are eliminated at
low pressures, are invariably encountered
in an atmospheric pressure flow reactor (16).
Thus, our use of an adiabatic, atmospheric
pressure reactor both allows us to determine
the conversion and selectivity and also is a
major measurement from which to deter-
mine reaction kinetics and mechanisms,

APPARATUS AND PROCEDURE

The reactor consisted of a quartz tube
with an inside diameter of 18 mm which
held the monolith or gauze pack. To better
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approximate adiabatic operation, the cata-
lyst was immediately preceded and followed
by inert alumina monoliths which acted as
radiation shields, and the outside of the tube
at the reaction zone was usually insulated.
Bypass of the reactant gases around the an-
nular space between the catalyst sample and
the quartz tube was minimized by sealing
the catalyst sample with a high temperature
alumina-silica cloth.

Gas flow into the reactor was controlled
by mass flow controllers which had an accu-
racy of +0.01 slpm (standard liters per mi-
nute) for CH, and =0.05 slpm for air. The
feed flow rates ranged from 2 to 5 slpm total
flow, corresponding to 13 to 33 cm/sec su-
perficial velocity (i.e., the velocity of the
feed gases upstream from the catalyst) at
room temperature and atmospheric pres-
sure. In all experiments, the reactor pres-
sure was maintained at 1.4 atm. Product
gases were fed through heated stainless steel
lines to a sample loop in an automated gas
chromatograph. The GC analysis was per-
formed using two isothermal columns (80°C)
in series. Carbon dioxide was separated
from the H,, O,, N,, CH,, and CO by a
Porapak T column. The remaining species
were separated in a Molecular Sieve SA col-
umn. Since an He carrier gas was used, the
H, was transferred from the He stream to
an N, carrier gas before being fed to the
thermal conductivity detector. When neces-
sary, a second GC analysis using a tempera-
ture programmed Hayesep R column was
used to separate and detect small hydrocar-
bons (such as ethylene and ethane) and H,O.

For quantitative determination of the con-
centrations, standards were used for all spe-
cies except perhaps H,O, which could be
obtained from an oxygen atom balance. In
order to convert the product gas concentra-
tions to molar quantities for a given feed
basis, the mole number change due to the
chemical reactions was calculated using the
measured N, concentration. Since N, is an
inert in this system, the ratio of product gas
tofeed gas moles was inversely proportional
to the ratio of product gas N, concentration
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to feed gas N, concentration. The product
gas carbon and hydrogen atom balances typ-
ically closed to within +5%, and individual
species concentrations were measured with
a reproducibility of +0.2%.

Temperatures were monitored using ther-
mocouples or an optical pyrometer. One or
more thermocouples were inserted from the
front or the rear of the quartz tube. Gener-
ally, the gas temperatures in the feed and
product streams were measured by placing
thermocouples in one of the center channels
of the inert monolith immediately before or
after the catalytic monolith or gauze. Prod-
uct gas temperatures were the primary data
taken in these experiments. Since the down-
stream thermocouples were placed inside
the radiation shields just after the catalyst
sample, corrections for radiation effects on
the thermocouple were not necessary since
the gas and surface temperatures are all
equilibrated at the exit of the catalyst
sample.

For the reactor preheat experiments, the
feed gas temperatures were measured based
on a fixed reactor preheater power input
for a given feed flow rate without reaction.
Thus, the preheat temperature was cali-
brated against the preheat power input be-
fore igniting the catalyst. Obviously, the
back-mixing of energy by radiation and con-
duction to the upstream radiation shield dur-
ing reaction increased the temperature of
the feed gases at the upstream end of the
catalyst above the reported preheat temper-
ature. In these experiments, however, the
intent was to determine the effect of increas-
ing the adiabatic temperature of the reactor,
not to measure the actual temperature of the
gases as they reached the upstream side of
the catalyst.

An optical pyrometer was used in experi-
ments where a constant surface temperature
was required. The pyrometer was calibrated
for a given catalyst by making simultaneous

measurements with a thermocouple. Be-

cause these catalysts do not have flat, uni-
form surfaces, the temperatures readings
obtained with the pyrometer were not as-
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sumed to be accurate. The pyrometer was
only used to make certain that the surface
temperature did not change during an iso-
thermal experiment.

In these experiments, the reactions were
ignited by preheating the gases to the hetero-
geneous ignition temperature for the feed
mixture. Since CH,—air mixtures require
feed gas temperatures of ~600°C for hetero-
geneous ignition, while NH,~CH, —air mix-
tures ignite at ~200°C (/7), NH; was added
to the feed gases until heterogeneous reac-
tions were ignited. Then the NH; flow was
stopped and the reactor was operated au-
tothermally.

The reactor was operated at a steady state
temperature which is a function of the heat
generated by the exothermic reactions and
the heat losses from the reactor. The overall
heat generation rate due to chemical reac-
tion (Q,.,) is equal to the heat energy (en-
ergy/time) carried in the product gases
(Qproa) and the rate of energy loss from the
reactor by conduction, convection, and ra-
diation (Q.,):

Qgen = Qprod + Qloss' (6)
Since Q. for a given reactor temperature
and catalyst is at a fixed rate per time, and
Q... increases with total flow, the reactor
approaches the limit of adiabatic operation
(Qprod = Qioss) as the total flow rate of gases
increases. The autothermal temperatures
observed in experiments at 4 to 5 slpm total
flow were estimated to be 50 to 100°C less
than the adiabatic temperatures with insula-
tion and ~200°C less than the adiabatic tem-
peratures without insulation.

MONOLITHS

In these experiments, three types of cata-
lysts were studied: metal gauzes, metal-
coated foam monoliths, and metal-coated
extruded monoliths. The gauze catalysts
were 40 mesh (40 wires per inch) or 80 mesh
Pt-10% Rh woven wire samples which were
cut into 18-mm diameter circles and stacked
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together to form a single gauze pack 1 to 10
layers thick. They were typically sand-
wiched between two extruded ceramic sup-
ports. These gauze catalysts are used indus-
trially in the oxidation of NH; to NO for
nitric acid production and in the synthesis
of HCN from NH;, CH,, and air.

The foam monoliths were a-Al,O; sam-
ples with an open cellular, sponge-like struc-
ture. We used samples with nominally 30 to
50 pores per inch (ppi) which were cut into
17-mm diameter cylinders 2 to 20 mm long.
A coating of Pt or Pt-Rh was then applied
directly to the alumina by a technique in-
volving an organometallic deposition. Rela-
tively high loadings of noble metals were
used. The foam monolith samples used in
this work had loadings which varied from 12
to 20 wt% noble metal. Scanning electron
microscopy (SEM) micrographs of these
catalysts before and after use revealed that
the catalyst formed large crystallites on the
support with metal covering a significant
fraction of the support surface.

The cordierite extruded monoliths, hav-
ing 400 square cells/in?, were similar to those
used in automobile catalytic converters.

~"However, instead of using an alumina wash-
. coat as in the catalytic converter, these cata-
*“lyst supports were loaded directly with 12
to 14 wt% Pt in the same manner as the foam
monoliths. Because these extruded mono-
liths consist of several straight, parallel
channels, the flow in these monoliths is lami-
nar (with entrance effects) at the flow rates
studied.

For all types of monoliths, experiments
were run on many samples. We show results
from only a few of these, but the results
were nominally reproducible for all
samples.

REACTION STOICHIOMETRY AND
EQUILIBRIUM

Before presenting the results of our exper-
iments, we briefly describe the essential
roles of stoichiometry and thermodynamics
in this system.
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reactant line

maximum H,

maximum CO

F1G. 1. Aternary composition diagram of the C-H-O
system. Shown on the diagram is the range of allowable
selectivities for complete conversion of an initial feed
containing 16% CH, in air.

The performance is governed by the con-
versions of CH, and O, and the selectivities
in producing H, and CO:

S _ l FHZ _ FH2 (7)
& 2FCH“in - FCH40uI FH2 + FH20
and
F, F,
SCO CO _ Co , (8)

Fepin = Fepow Feo + Feo,

where F; is the molar flow rate of species i.
Because there are only three atomic species
in this reaction system (C, H, and O), if H,,
H,0, CO, and CO, are the only reaction
products, these two selectivities are related
by the equation

1 FOZin - Fozout

Su, + 550 =2 - )

FCH4in - FCH4out

The role of stoichiometry in this system
is illustrated by the ternary plot of Fig. 1.
For any reaction where CH, and O, are the
only reactant species in the feed, the atomic
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composition of the mixture is represented
by a point located on the reactant line shown
in the figure. The unshaded area represents
the accessible region of H,, H,0, CO, and
CO, compositions corresponding to total
conversion of between 9.5% (H,0 and CO,)
and 29.6% (H, and CO) CH, in air or be-
tween 33.3 and 66.7% CH, in O, . The com-
position point corresponding to 16% CH,
in air is designated in this example. If the
methane and oxygen at this composition are
completely converted to a mixture of CO,
CO,, H,, and H,0, the composition of the
product gases can be described by straight
lines that pass through this point. Two lim-
iting product lines are depicted in the figure,
one for maximum CO and one for maximum
H,. This, for a given reacted feed composi-
tion, an increase in the selectivity of CO
formation must result in a corresponding de-
crease in the H, selectivity. The lightly
shaded region indicates the inaccessible
compositions for this feed composition.

Obviously, the stoichiometry of reaction
(3) suggests that the ideal synthesis gas reac-
tor should operate at a CH,/O, mole ratio of
2/1 (29.6% CH, in air) if total conversion of
the reactants occurs. At high enough tem-
peratures, this mixture is completely con-
verted to H, and CO at thermodynamic equi-
librium. Below about 1000°C, the
equilibrium mole fraction of carbon be-
comes significant. Hence, a reactor must be
maintained above 1000°C to avoid carbon
formation. In experiments at lower tempera-
tures, the formation of carbon can have an
adverse effect on the catalyst as time pro-
gresses (2).

For initial compositions of between 9.5
and 29.6% CH, in air, stoichiometry re-
quires that some H,O and CO, exist in an
equilibrium mixture. For all such initial
compositions above 1000°C, essentially
only CO, CO,, H,, and H,O remain in the
equilibrium mixture. The H, and CO selec-
tivities change with temperature because of
the water—gas shift equilibrium. As the tem-
perature increases, this equilibrium shifts
toward the formation of more H,O and CO
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according to reaction (2), but H, and CO are
still the dominant equilibrium species for
rich CH, + O, feeds.

RESULTS
Role of Temperature

We first show results for a typical experi-
ment using a Pt-coated (11.6% by weight),
50-ppi alumina foam monolith 7 mm in
length. In Fig. 2, measured product gas com-
positions, selectivities, and temperatures
are shown as a function of feed composition
and preheat temperature. The mass flow
rate was maintained at 5 slpm, which corre-
sponds to a superficial velocity of 100 ¢m/
sec (assuming a gas temperature of 1000°C
and a void fraction of 0.85) and thus a resi-
dence time of ~7 msec. Similar behavior
was also observed in identical experiments
performed with 1 to 10 layers of Pt-10% Rh
gauze catalyst.

For a given feed temperature, CH, con-
version is essentially complete (~95%) for
feed CH, compositions sufficiently lean in
CH, (23% at 460°C, 21% at 300°C, and 19%
at 25°C). Near this breakthrough point, the
H, and CO concentrations are at their max-
ima. Above this, the CH, breakthrough in-
creases dramatically, while the O, conver-
sion remains complete for all compositions.
The CH, breakthrough occurs because all
of the O, has been consumed early in the
reactor. This is because some of the CH, is
converted to H,O and CO, instead of form-
ing only H, and CO, leaving no O, to react
with the remaining CH,. As the ideal feed
composition (29.6% CH,) is approached
from leaner compositions, the CH, break-
through increases drastically. In fact, for
feed compositions richer than the CH,
breakthrough point, the O,/CH, conversion
ratio actually increases as the O,/CH, feed
ratio decreases. In other words, while the
fraction of CH, in the feed is increased, the
overall molar rate of CH, conversion actu-
ally decreases, while the O, conversion
remains complete. Thus, the H, and CO se-
lectivities are optimal near the CH, break-
through point.
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Fi1G. 2. Molar compositions (based on 100 moles feed gases), selectivities (defined in Eqs. (7) and
(8)), and product gas temperatures for CH, oxidation over a 7-mm long, 12-wt% Pt, 50-ppi foam
monolith with 4 slpm of feed gases and three different feed gas temperatures (O = 25°C, A = 300°C,

and B = 460°C).

As the feed CH, concentration increases
from the lean side of the breakthrough point,
the increase in the H, and CO selectivities
results in decreasing product gas tempera-
tures since the formation of these species is
much less exothermic than the formation of
H,0 and CO,.

On the fuel-rich side of the breakthrough
point, the temperature levels off just above
1000°C as the heat generated by the forma-
tion of H,0 and CO, becomes relatively in-
dependent of the feed composition. It is in-
teresting to note that the selectivities
decrease and the CH, breakthrough in-
creases at the same point where the product
gas temperature levels off. This is very near
the temperature (~1000°C) at which equilib-
rium graphite forms. This may indicate that
the surface cokes when the temperature falls
too low and that this slows CH, consump-
tion, causing a decrease in the partial oxida-
tion selectivity for both products.

Increasing the temperature of the feed
gases shifts the CH, breakthrough point and
the maxima in H, and CO selectivities to
richer CH, compositions. In addition, the
optimal H, selectivity increases from about
43 to 60% when the feed is preheated to
about 460°C, while the optimal CO selectiv-
ity remains fairly constant (>80%). One
should note that a difference in feed gas
temperatures of 435°C results in a maximum
difference in product gas temperature of
only 150°C. Preheating increases the selec-
tivity of H, and CO formation, resulting in a
lower adiabatic temperature rise for a given
feed composition.

From these data, it is apparent that the
primary hurdle to achieving the perfect reac-
tor operation described by reaction (3) in-
volves the selective oxidation of CH, to H,
and CO only. If H,0 and CO, are formed,
the amount of available O, is obviously re-
duced accordingly. From stoichiometry,
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this results in unreacted CH, in the product
gases since the reforming reaction is too
slow to consume this methane at these short
residence times.

Equivalently, one can say that, since CO,
CO,, H,, and H,O are essentially the only
reaction products, perfect selectivities can
be obtained only if the molar O,/CH, con-
version ratio is 0.5. As shown in Fig. 2,
preheating the feed gases decreases this ra-
tio for a given feed composition, and the
optimal feed composition shifts from 18 to
23% CH,. This trend suggests that addi-
tional preheating above 460°C would further
improve reactor performance. Also, the adi-
abatic reactor would operate 50 to 100°C
hotter, so that a large reactor should have
higher selectivities than those shown here.

In addition to preheating the reactor, the
adiabatic temperature can also be increased
by using O, instead of air. Without the N,
diluent, the adiabatic temperature rise for a
given conversion is significantly higher. In
experiments using O, with the same catalyst
as in Fig. 2, we obtained optimal selectivi-
ties of Sy, ~ 0.7 and S ~ 0.95 for a room-
temperature feed at a feed molar ratio of
CH,/0, = 1.7 (equivalent to 26.3% CH, in
air) and an adiabatic temperature of
~1130°C.

Role of Mass Transfer and Gas
Phase Reactions

Figure 3 illustrates the effect of gas flow
rate on selectivity and conversion. For these
experiments, 10 layers of Pt-10% Rh gauze
were used and the surface temperature of
the first layer of gauze was kept constant by
heating or cooling the reactor tube in order
to decouple the effects of temperature and
velocity on selectivity. In other words, since
the catalytic reaction rates are expected to
depend strongly on the surface temperature,
the effect of external mass transfer (which
changes with velocity) was isolated from the
effect of reaction kinetics. The first gauze
was kept isothermal since another experi-
ment (Fig. 4) demonstrated that most of the
reaction occurs on the first layer of gauze.
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FiG. 3. Effect of flow velocity on product gas compo-
sition for CH, oxidation over 10 layers of 40 mesh Pt-
10% Rh gauze. The feed contained 16% CH, in air and
the front layer of gauze was maintained at 1227 + 5°C.

As shown, although increasing the gas ve-
locity decreases the residence time of the
gases, the conversion of CH, actually in-
creases with increasing flow rates. In addi-
tion the selectivities of H, and CO formation
increase significantly with increasing flow
rates. At all flow rates used, all of the avail-
able O, is consumed. This change in reaction
selectivity and conversion can be explained
by a simple model which accounts for the
effect of external mass transfer on reaction
selectivity (16).

Because of the relatively high tempera-
ture (1227°C) and pressure (1.4 atm) in this
experiment, one might expect gas phase re-
actions to be significant. If gas phase pro-
duction of CO,, H,0O, and hydrocarbons
were competing with the heterogeneous re-
actions, increasing the flow velocity at a
fixed temperature would decrease the resi-
dence time of reactant species in the bound-
ary layer. Thus, the rate of the mass-
transfer-limited surface reactions would in-
crease relative to the gas phase-reactions.
Experiments examining methane oxidation
in empty quartz tubes (/8) have shown that
gas phase reactions can be significant at tem-
peratures as low as 650°C, with C,H, and
C,H, being produced in reasonable quanti-
ties along with CO and CO,. In our experi-
ments, we only observe at most small quan-
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FiG. 4. Variation in selectivities (defined in Egs. (7) and (8)) and CH, conversion with the number
of layers of 40 mesh Pt-10% Rh gauze at 5 slpm total flow. Feed compositions were 17% (left panel)

and 20% (right panel) CH, in air.

tities (<0.5 mole%) of ethane and ethylene
in the product gases.

Variation of Number of Gauzes

The selectivities and conversions were
also studied as a function of the gauze pack
thickness by using a gauze catalyst in which
the number of gauzes was varied from 1 to
5 at a constant gas flow rate. (The contact
time with a single layer of gauze in these
experiments is less than 107* sec.) When
adding an additional gauze layer, we were
careful to orient it such that it was not di-
rectly aligned with the previous layer. Thus,
the addition of a second layer not only in-
creases the residence time, but also de-
creases the effective channel diameter or
spacing between wires. This decrease in ef-
fective channel diameter will result in an
increase in the mass transfer coefficient by
reducing the average boundary layer
thickness.

For a total flow rate of 5 slpm with 17%
CH, in air, all of the O, is consumed with
even one layer of gauze. However, as the
number of layers was increased, the selec-
tivities and CH, conversion increased until
additional layers resulted in no significant
change in the product composition. Thus,
essentially all of the reactions occurred
within the first three layers of gauze. The

rate of methane steam reforming should not
be significant at these short residence times
since the additional fourth and fifth layers
do not increase the CH, conversion. Equi-
librium calculations show that product dis-
tributions are far from water—gas shift or
reforming equilibrium.

Comparison of Monoliths

Figures Sa-5c show the product selectivi-
ties and reactant conversions for two differ-
ent foam monoliths, an extruded monolith,
and a gauze. These experiments were all
performed at high flow rates (a mass flow
rate of 4 to 5 slpm) to minimize the effect of
external mass transfer on selectivity. In all
cases, all of the O, was consumed. From
these data, we can make several important
observations. v

First, a 50-ppi foam, coated with a 1/1
Pt/Rh weight ratio (9.9 wt% each of Pt and
Rh), gives higher CH, conversions than the
12-wt% Pt-coated 50-ppi sample. The sam-
ple containing Rh gives a higher H, selectiv-
ity, while the CO selectivity is slightly
lower. This result is consistent with other
evidence (/9) which indicates that Rh oxi-
dizes CO to CO, faster than Pt. '

Second, a 12-wt% Pt extruded cordierite
monolith, which has laminarflow, gives sim-
ilar conversions and selectivities to the -50-
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F1G. 5. Product selectivities and CH, conversion for the following samples: five layers of 40 mesh
Pt-10% Rh gauze; a 7-mm long, 14-wt% Pt extruded monolith with 400 cells/in; a 7-mm long, 12-wt%
Pt, 50-ppi foam monolith; and a 7-mm long, 9.9-wt% Pt and 9.9-wt% Rh, 50-ppi foam monolith. These
experiments were all performed at 4 to 5 slpm total flow.

ppi Pt foam. Although not shown, an identi-
cal extruded monolith with a very low load-
ing of Pt (about 0.1 wt%) gives a similar
CO selectivity (~82%) but a much lower
maximum H, selectivity (10 vs 45%) than
the monolith with a high Pt loading. Similar
results were observed for foam monoliths
with relatively low metal loadings. Thus, the
formation of H, occurs on the noble metal
surface, not in the gas phase or on the cata-
lyst support.

An additional observation in these exper-
iments was that the ceramic monoliths
maintained relatively large temperature
gradients in the axial direction because of
their lower thermal conductivity (relative
to a metal gauze). As shown in the upper
panel of Fig. 6, the upstream surface was

generally significantly hotter than the
downstream face of the catalyst. This sug-
gests that most of the exothermic oxidation
reactions are occurring on or near the front
surface of the catalyst. With such high
surface temperatures and, thus, significant
rates of heat loss from the reactor, the
observed axial temperature drops should
be expected.

Activation and Deactivation

The effects of catalyst activation and de-
activation were also examined by compar-
ing the results for different gauze samples.
SEM micrographs of gauzes having various
catalytic activities are consistent with ob-
servations of catalysts used for HCN syn-
thesis and NH; oxidation. In HCN synthe-
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sis, the gauze wires undergo surface
roughening during the first few hours of use.
This roughening is accompanied by a sig-
nificant change in the selectivity of the HCN
synthesis catalyst (20).

For these methane to synthesis gas exper-
iments, however, the surface roughening of
the gauze was not accompanied by an in-
crease in selectivity. A new gauze pack (5
to 10 layers) gave optimal adiabatic H, and
CO selectivities of approximately 40 and
90%, respectively, with no reactor preheat.
Although an activation period was not ob-
served (steady state was achieved in a few
minutes), some gauze catalysts did show a
drastic decrease in activity and selectivity
to synthesis gas after being exposed to very
high temperatures (>1300°C) for a time of
several hours or after being tested over a
wide range of feed conditions. This decrease
in activity was accompanied by a change
from a faceted surface morphology to
smoother, rounded surface structures and
pits.

The supported catalyst samples showed
no significant change in selectivity after op-
eration for many hours at variable feeds and
temperatures as high as 1300°C. However,
SEM micrographs of new and used Pt foam
catalysts showed a striking contrast in mi-
crostructure. The fresh catalysts contained
polycrystalline structures with well-defined
facets and characteristic dimensions on the
order of 1 wm, while the used catalysts had
rounded surface structures of similar char-
acteristic dimensions.

To a good approximation, we believe
that all of these catalysts are basically Pt
metal surfaces. The loadings are sufficient
to deposit uniform films ~1 wm thick on
the Al O, or cordierite ceramics, and even
if there were significant interactions with
Pt, there should still be considerable metal
surface remaining. The absence of deacti-
vation and the close similarity of all the
monoliths confirms this assumption, even
though SEM showed that Pt formed large
crystalline grains, thus exposing ceramic
surfaces.

2717

1200
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T (surface, °C)
800

600
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moles out
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% CHy

F1G. 6. Product compositions and surface tempera-
tures (upstream and downstream ends) for a 7-mm long,
12-wt% Pt extruded monolith (400 cells/in?) at 2.5 slpm
total flow. The H, and CO selectivities are lower than
those reported in previous experiments because the
reactor was not insulated. A heterogencous steady
state reaction is maintained for rich (>12%) composi-
tions, while at leaner compositions, a combination of
heterogeneous and homogeneous reactions (a blue
flame) is observed, with multiple ignited steady states
for compositions between 10 and 12% CH,.

Homogeneous Reactions and Multiple
Steady States

For all of the experiments described in
previous sections, a single steady state dom-
inated by the heterogeneous reactions was
observed. However, for feed compositions
near the stoichiometric composition for to-
tal combustion, reaction (5), obvious homo-
geneous reactions (blue flames) and multiple
steady states were observed, as shown in
Fig. 6. For these experiments, the insulation
around the quartz reactor tube was removed
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and radiation shields were not used. If the
reactor were well insulated, the highly exo-
thermic reactions producing CO, + H,O
would melt the catalyst and the reactor tube
near the stoichiometric composition for this
reaction (9.5% CH, in air). The upper panel
shows the surface temperatures at the up-
stream and downstream ends of an extruded
monolith. The lower panels show the mea-
sured product gas composition.

For rich feeds (>12% CH,), only one
ignited steady state exists; this is the same
heterogeneous reaction autotherm ob-
served in all of the previously described
experiments. In this fuel rich regime, the
front surface temperature exceeds the back
temperature by 50 to 350°C, with the two
temperatures approaching the same value
at high feed CH, concentrations. This tem-
perature maximum at the front end of the
monolith is consistent with the fact that
most of the reactions occur at this end of
the monolith. Because the heat losses from
the reactor tube are very high for this
noninsulated experiment, the catalyst is
hottest at the point where most of the
reaction occurs.

As the feed concentration of CH, is
decreased, the temperatures increase while
the CH, conversion increases. The forma-
tion of H, and CO passes through a maxi-
mum and the rate of the temperature rise
is even greater for leaner mixtures as more
H,O and CO, are formed. Note that the
selectivities found here relative to pre-
viously shown data are lower; this results
from a lower autothermal catalyst tempera-
ture for these non-insulated experiments.

As shown in the upper panel, below
about 10% CH, the reactions at the front
end of the monolith extinguish. At this
point the hot reaction zone moves down-
stream as a transient lasting less than a
minute until it reaches the back end of the
monolith and a blue flame appears about
1 mm behind the monolith. Both homoge-
neous (flame) and heterogeneous reactions
are now occurring. This second autotherm
is stable to feed compositions up to 12%
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CH,, giving two ignited states between 10
and 12%. In addition, this second auto-
therm is sustained until the CH, composi-
tion falls below 6%. As this lower limit
is approached, the heterogeneous reaction
gradually cools and the flame begins to
stabilize further from the back of the mono-
lith until it finally blows out. In this regime,
the monolith acts as a flame holder until
the mixture becomes too lean to maintain
a stable homogeneous reaction.

DISCUSSION

These results provide several insights
into the partial oxidation of CH, to synthe-
sis gas. It is evident that this reaction
system is governed by a combination of
kinetic and transport effects. The reaction
kinetics depend on the nature of the cata-
lyst and the surface temperature, while
transport of the gas species to the catalytic
surface is a function of the catalyst geome-
try and flow velocity.

Although perfect (equilibrium) selectivi-
ties and conversions were not obtained in
these experiments, the selectivity of the Pt
catalysts to both H, and CO is surprisingly
high. Because of the short residence times
used in these experiments, the shift and
reforming reactions do not play a signifi-
cant role in determining the reactor selec-
tivities and conversions.

In Table 1, we compare our measured
Sco and Sy, from Fig. 2 at their optima
with those predicted at chemical equilib-
rium of reactions (1) and (2). If these
two reactions were at equilibrium at the
measured temperatures, both Sy and CH,
conversion would be much higher, while
Sco would be slightly lower. Thus, a reac-
tor with longer residence times (probably
100 times longer than those used here)
would allow for the shift and reforming
reactions to occur, although additional pre-
heat or a reactor design which recycles the
generated heat (such as that described in
Ref. (2)) would be needed to counter the
endothermicity of the reforming reaction.
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TABLE 1

Optimal Selectivities for Direct Oxidation of CH, in Air over the Foam Monolith from the
Data Shown in Fig. 3

%CH, Preheat Observed Shift Reform. Total
in air °C) - equilibrium equilibrium equilibrium
T(Out, oc) SCO SHZ ACH4
(%) Sco Sy, ACH, S Sw, ACH; Sco S“z ACH,
(%) (%) (%)
19 25 — 1010 0.89 0.42 81 0.67 0.53 81 092 0.63 100 0.80 0.68 100
21 300 — 1020 092 0.53 83 0.75 0.61 83 093 070 100 0.85 075 100
23 460 — 1040 0.92 0.60 80 0.80 0.67 80 094 0.80 100 0.90 0.82 100

Note. The first three columns are the observed selectivities and CH, fractional conversions, the second three
columns are the selectivities and conversions that would be obtained if the shift reaction (reaction 2) went to
equilibrium, the third three columns are the selectivities and conversions that would be obtained if the reforming
reaction (reaction 1) went to equilibrium, and the last three columns are the selectivities and conversions that
would be obtained if all reactions went to equilibrium. All equilibria were calculated at the observed temperature

of the product gases.

Although these experiments do not give the
equilibrium yields of H, and CO reported in
other work at much longer residence times,
they show that both H, and CO are primary
products of the direct oxidation of CH,
over a Pt catalyst.

Reaction Steps

Traditionally, Pt has been used in hydro-
carbon oxidation because of its tendency
to totally oxidize all species. However, our
results strongly suggest that H, and CO are
formed as primary products in CH, oxida-
tion because any secondary reactions such
as methane steam reforming or water—gas
shift are too slow.

Surface reactions which produce H, and
CO occur in an oxygen-depleted environ-
ment, and the major surface species are
probably adsorbed C or CH, and H. The C
reacts with oxygen to produce CO, which
desorbs before being further oxidized to
CO,. Adsorbed H atoms may either com-
bine to form H, which desorbs or react with
oxygen to make adsorbed OH species,
which then combine with additional ad-
sorbed H atoms to form H,O. Thus, H, and
CO can be formed in the following reaction
sequence:

CH,,— CH,, + (4 — X)H, (10a)

2Hg— H,, (10b)
O,— 20 (10c)
C, + 0,— CO,— CO,. (10d)

However, any reactions involving OH, such
as

CH,; + Os—CH,_, + OH; (lla)

H, + O,— OH; (11b)
OH, + H,— H,0, (11¢)
CO, + O,— CO,, (11d)

should all lead almost inevitably to H,O and
CO, because reverse reactions of these
products are slow or thermodynamically un-
favorable.

A CH, pyrolysis mechanism appears to
be consistent with our observation that pre-
heating improves partial oxidation selectiv-
ity. First, higher feed temperatures will in-
crease the surface temperature and
consequently decrease the surface coverage
of O adatoms, thus decreasing reactions
(11a-d). Second, high surface temperatures
also increase the rate of H atom recombina-
tion and desorption of H,, reaction (10b).
Third, methane adsorption on Pt is known
to be an activated process. From molecular
beam experiments which examined meth-
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ane chemisorption on Pt and Rh (2/-23), it
is known that CH, must overcome an activa-
tion energy barrier for chemisorption to oc-
cur. Apparently, methane chemisorption is
produced by a combination of vibrationally
and translationally excited modes. Stewart
and Ehrlich (23) estimated an activation en-
ergy of 7 kcal/mole on Rh, asserting that
vibrational energy alone was responsible for
CH, chemisorption. In addition, experi-
ments on Pt(111) which isolated the effect
of incident translational energy showed that
the barrier height for breaking the C-H bond
by Kinetic energy is 29 kcal/mole (27). Thus,
the rate of reaction (10a) is accelerated ex-
ponentially by higher gas temperatures,
which is consistent with the data in Fig. 2.

Kinetics

While many fundamental studies have
evaluated the reaction kinetics of methane
oxidation under fuel lean conditions at lower
temperatures, the kinetics of these reactions
have been examined less extensively at high
temperatures (>800°C) and fuel-rich condi-
tions.

Experiments on methane oxidation over
a Pt foil at total pressures between 0.05 and
1.0 Torr for CH,/O, ratios between 1/4 and
4/1 showed that r¢o > reo, above ~600°C
(11). Production of H, and H,0O was not mea-
sured in those experiments. For a 2/1 CH,/
O, mixture, rco, reaches a maximum at
~1000°C and then decreases, while rcg con-
tinues to increase with temperature. Thus,
Sco is increased by operating at higher tem-
peratures. These observations are sup-
ported by UHV studies of CO oxidation on
Rh(111), Rh(100), and Pt(100) (9, 10) which
showed that the CO oxidation reaction has
a negative activation energy at high temper-
atures.

For the H,~0O,-H,0 reaction system, the
elementary reaction steps have been identi-
fied and reaction rate parameters have been
determined using laser-induced fluores-
cence to monitor the formation of OH radi-
cals during hydrogen oxidation and water
decomposition at high surface tempera-

HICKMAN AND SCHMIDT

tures. These results have been fit to a model
based on the mechanism (24).

The kinetics of the water—gas shift reac-
tion (2) and the steam reforming reaction
(3) will also affect the composition of the
product stream. These two reactions are
carried out industrially over catalysts other
than Pt, and therefore most kinetic studies
have focused on different catalysts for these
reactions. One exception is an analysis of
the shift reaction over polycrystalline Pt
wires at low pressures and 500 to 1500 K (8).
This study found this reaction to be about
an order of magnitude slower than the rate of
methane oxidation at similar total pressures
and surface temperatures.

Mass Transfer

As we have discussed previously (/6),
methane partial oxidation selectivity is
strongly affected by the mass transfer rate.
By increasing the linear velocity of the gases
or choosing a catalyst geometry that gives
thinner boundary layers, the selectivity of
formation of H, and CO is enhanced. Such
behavior is consistent with a series-parallel
reaction scheme of partial oxidation. The
above mechanism suggests that H, and CO
are intermediates, with H,O and CO, being
the total oxidation products.

As outlined by Carberry (25), the selectiv-
ity of formation of partial oxidation products
can be a strong function of the rate of mass
transfer of reactants and products to and
from the catalytic surface. The existence of
thinner boundary layers essentially means
that the concentration of the partial oxida-
tion products in the gas near the surface is
reduced, decreasing the rate of total oxida-
tion of these species. Furthermore, the rate
of formation of these partial oxidation prod-
ucts is mass transfer limited, so thinner
boundary layers mean higher overall rates.
The same reasoning applies if H,0 and CO,
are formed in the boundary layer near the
catalyst surface. Reducing the residence
time of reactive species in this boundary
layer will reduce the effect of reactions pro-
ducing the total oxidation products.
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Thus, because the direct oxidation of CH,
1s so fast, the mass-transfer rate must be
high or H, and CO will react with O, to form
the total oxidation products, reducing the
partial oxidation selectivity and decreasing
the amount of O, available to react with
CH,.

SUMMARY

We have shown that CH, can be oxidized
directly to H, and CO over Pt monolith cata-
lysts with surprisingly high selectivities for
contact times of 1072 to 10 sec. In these
experiments, it appears evident that H, and
CO are primary products of the direct oxida-
tion of CH,. Of special importance is the
observation that H, can be formed directly
by CH, oxidation on Pt with a selectivity of
as high as 0.7.

Stoichiometry and thermodynamics of
the CH,~0, system suggest that perfect se-
lectivities and complete conversion should
be obtainable for a feed containing 30% CH,
in air. Experiments using several different
catalyst configurations demonstrate that the
approach to this equilibrium is accelerated
by operating at higher temperatures, by
maximizing the rate of mass transfer
through the boundary layer at the catalyst
surface, and by using high metal loadings.
Thus, a direct oxidation reactor should uti-
lize a high flow velocity and a catalyst geom-
etry which maximizes the rate of mass trans-
fer through the boundary layer at the
catalyst surface. In addition, the reactor
should incorporate a design that recycles
the generated heat so that high autothermal
temperatures can be maintained. By opti-
mizing the selectivity of direct formation of
the partial oxidation products, the relatively
long residence times required for steam re-
forming of the unreacted CH, can be re-
duced, requiring less catalyst and a much
smaller reactor.

We also note that, even though mass
transfer effects are significant, the kinetics
of individual steps strongly influence selec-
tivities. On Rh surfaces, the H, selectivity
is much higher than on Pt, Sy, = 0.9, and
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this is due primarily to the slower rate of
hydrogen oxidation on Rh than on Pt as
will be described in a later publication.

The short residence times used in these
tests have allowed us to study this direct
oxidation independent of the reforming and
shift reactions. A better understanding of
the factors that influence this partial oxida-
tion selectivity should contribute to an
improved understanding of the methane
oxidation reactions and should lead to
more efficient reactors.
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